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PROCESS FOR THE PRODUCTION OF
SYNTHESIS GAS

The mvention concerns the production of synthesis gas by
a sequence ol one or more endothermic and/or adiabatic
stcam reforming and autothermal steam reforming.

BACKGROUND OF THE INVENTION

U.S. Pat. No. 6,375,916 discloses a method for preparing
synthesis gas by installing a pre-reformer upstream an
autothermal reformer (ATR). The pre-reformer 1s used to
remove or reduce the contents of higher hydrocarbons from
a hydrocarbon feed stream with the advantage that lower
steam to carbon ratios can be employed without soot for-
mation in the ATR. However, the process described 1s not
able to produce a synthesis gas with an hydrogen-to carbon
monoxide ratio close to 2.0 unless either the steam-to-
carbon ratio 1s very low (probably less than 0.2) or the
difference between the exit temperature from and the inlet
temperature to the ATR 1s very high. In the former case this
may give difliculties with operating the prereformer without
carbon formation and in the latter case the amount of oxygen
used may be disadvantageously high.

US Patent application 20010051662 by Arcuni et al.
discloses a method to produce synthesis gas nvolving
among others the mixing of tail gas and a hydrocarbon
feedstock and feeding the resultant mixture to an adiabatic
pre-reformer. The effluent from the adiabatic pre-reformer 1s
passed to a synthesis gas generator for production of syn-
thesis gas.

If the synthesis gas generator 1s an autothermal reformer,
a synthesis gas with a hydrogen to carbon monoxide ratio of
about 2.0 can be produced. However, recirculation of the tail
gas to the feed to the adiabatic pre-reformer 1s disadvanta-
geous because the risk of carbon formation will be higher 1n
the prereformer. This means that the process must be oper-
ated at a higher steam-to-carbon ratio. Low steam-to-carbon
ratios are generally preferable in Fischer-Tropsch to improve
€Conomics.

U.S. Pat. No. 6,525,104 describes a process in which a
heat exchange reformer 1s placed 1n series with and upstream
of an Autothermal Reformer for production of synthesis gas.
Recirculated carbon dioxide 1s added to the feed stream to
the heat exchange reformer. The amount of recirculated
carbon dioxide 1s adjusted to between 20 and 60% of the
carbon from hydrocarbons 1n the feed stream to the plant. No
prereformer 1s used. The carbon dioxide 1s recovered and
recirculated from one of several possible locations down-
stream the Autothermal Reformer.

This concept has several disadvantages for production of
synthesis gas for Fischer-Tropsch processes. One disadvan-
tage 1s that a costly step of separating carbon dioxide from
a mixed gas stream 1s needed. Another disadvantage 1s that
it may not be possible with the amount of recirculated
carbon dioxide to produce a synthesis gas with the desired
hydrogen-to-carbon monoxide ratio (1.e. a H,/CO ratio of
approximately 2.00) except possibly at relatively high
steam-to-carbon ratios. In the examples given in U.S. Pat.
No. 6,525,104 a steam-to-carbon ratio of 1.5 1s used. A
steam-to-carbon ratio of 1.5 will 1n many cases render a
process for production of Fischer-Tropsch products uneco-
nomical.

In another embodiment disclosed 1n U.S. Pat. No. 6,525,
104 a higher hydrocarbon (hydrocarbons with two or more
carbon atoms) and carbon dioxide containing gas stream 1s
recirculated to the feed to an adiabatic prereformer placed
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upstream and 1n series with the heat exchange reformer and
the autothermal reformer. If this recirculated gas stream 1s a
tail gas from a Fischer Tropsch synthesis section, then this
process would have the disadvantage of an increased risk of
carbon formation in the prereformer as described above.
Hence, a higher steam-to-carbon ratio would be needed.
This may appear surprising as it 1s generally accepted that
passing higher hydrocarbon containing gas streams through
an adiabatic prereformer 1s advantageous from a process
economic point of view.

SUMMARY OF THE INVENTION

The 1mvention 1s a process for the production of synthesis
gas from a hydrocarbon feed stock comprising the steps of

endothermic and/or adiabatic catalytic steam reforming and
autothermal steam reforming in series, wherein the steam
reforming 1s carried out 1 one or more endothermic stages
in series and/or 1n one or more adiabatic steam reforming
stages 1n series with intermediate heating of feed stock gas
leaving the adiabatic reforming stages and wherein carbon
monoxide containing gas characterised by having a molar
ratio of hydrogen to carbon of less than 4.5 1s added after at
least one of the endothermic or adiabatic steam reforming
stages and/or prior to the autothermal steam reforming step.

The mvention also concerns a steam reforming system for
use 1n the above synthesis gas production process.

A plant for production of synthetic diesel and other
synthetic hydrocarbons consists of three main units. In the
first main umt synthesis gas (a mixture of hydrogen and
carbon oxides) 1s produced from the feedstock which 1is
usually natural gas or a similar light hydrocarbon feedstock.
In the second main unit, the actual hydrocarbon synthesis
takes place usually by the Fischer-Tropsch synthesis. In the
final unit often known as the Product Work-up unit the raw
products are refined and/or separated to give the desired end
products. The present invention relates to an improved
method for production of synthesis gas.

Today one of the most cost eflective and eflicient methods
for production of synthesis gas 1s by Autothermal Reforming
(ATR). In ATR the light hydrocarbon feedstock with addi-
tion of steam reacts with a sub-stoichiometric amount of
oxygen to produce synthesis gas. An ATR reactor consists of
a burner, a combustion chamber, and a catalyst bed 1n a
re-fractory lined pressure shell. The ATR reactor 1s a con-
ventional process unit as described 1n the art.

For the Fischer-Tropsch synthesis to be as eflective as
possible, a specific synthesis gas composition 1s often
desired. In many cases the desired synthesis gas composition
1s given by the ratio of the hydrogen content to the carbon
monoxide content. The desired ratio 1s often approximately
2.0. With most operating conditions ATR 1s not able to
produce this ratio from natural gas, which generally has a
high atomic H/C ratio often close to 4.

In order to obtain the desired H,/CO ratio in the product
gas, additional feedstock with a low atomic H/C ratio must
be added to a location upstream the ATR reactor. This
additional feedstock could be carbon dioxide (requiring that
pure carbon dioxide 1s recovered from an impure gas stream)
or a tail gas, which 1s essentially a byproduct from the
Fischer-Tropsch synthesis unit and/or the Product Work-up
unit. The main components in the tail gas are usually carbon
monoxide, carbon dioxide, hydrogen, various light paraflinic
and olefinic hydrocarbons and sometimes inert gases such as
nitrogen and argon.
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As described above, 1t 1s hardly possible to produce a
synthesis gas with a composition of H,/CO of approximately
2 without recycle. This can be understood from the follow-
ing simplified explanation.

The desired product has a ratio of atomic hydrogen to
atomic carbon (H/C)pmdmr of approximately 4. The feed
consisting of natural gas (or other light hydrocarbon com-
ponent) and steam has a (H/C)feed ratio of typically 4.5-7.5
depending on the steam-to-carbon ratio and the hydrocarbon
stream composition. As an example a mixture of 100 moles
methane and 60 moles steam corresponding to a steam-to-
carbon ratio of 0.60 will have an atomic (H/C) ratio of 5.20.

The (H/ C)pm ... 18 lower than (H/ C)fee - and hence addi-
tion of a (recycle) stream with an atomic (H/C) ratio less
than (H/C)pm .. 1s needed. The desired H,/CO ratio in the
product gas may often be between 1.7 and 2.3 corresponding
to(H/C)pm ... equal to 3.4-4.6.

It 1s recognized that the above 1s a simplified representa-
tion (e.g. since some of the carbon 1n the feed will remain in
methane or be converted 1nto carbon dioxide).

However, for practical applications this explanation 1s
suitable and the ratio of atomic hydrogen to atomic carbon
in the recycle gas must be equal to or below 4.5
(H/C),ocpcre<=4-3)

Synthesis gas production may account for more than 50%
of the total capital cost 1n a Fischer-Tropsch plant. For a
plant based on ATR a large fraction of the cost of the
synthesis gas production unit (e.g. 40—-60%, depending upon
the scale and specific site and technology) arises from the air
separation umt needed to produce oxygen. Hence, there 1s a
considerable interest 1n methods for reducing the oxygen
consumption per unit of synthesis gas produced.

Increasing the temperature of the hydrocarbon feedstock
betfore it enters the ATR reactor and/or reducing the steam-
to-carbon (S/C) ratio reduces the oxygen consumption. The
S/C-ratio 1s defined as the ratio of the amount of steam to
carbon from hydrocarbons in the hydrocarbon feedstock.
Both of the described methods have disadvantages. Increas-
ing the feedstock temperature increases the risk of cracking
of the hydrocarbons 1n the feedstock and means that more
expensive materials must be used in the heaters or heat
exchangers upstream the ATR. Reducing the S/C-ratio
decreases the margin to soot formation 1n the ATR and may
also increase the risk of cracking of hydrocarbons in heaters
or heat exchangers upstream the ATR. The present invention
concerns a process, whereby both of these disadvantages are
avoilded while the oxygen consumption is reduced consid-
crably.

According to the present invention a reformer unit 1s
placed before and 1n series with the ATR reactor. The
reformer unit receives heat from a hot process gas stream
and steam reforming of hydrocarbons takes place 1n the
reformer unit as illustrated below for methane:

CH,+H,0 3H,+CO (1)

The steam reforming reaction 1s accompanied by the Shift
Reaction:

CO+H,0& H,+CO, (2)

The above two reactions are in most cases close to
equilibrium at the reformer unit outlet. If higher hydrocar-
bons (hydrocarbons with 2 or more hydrocarbon atoms) are
present in the reformer unit feed stream, these are also steam
reformed according to reactions similar to the above. It 1s
described 1n the art (e.g. U.S. Pat. No. 6,375,916) that a
pre-reformer can be placed upstream the ATR 1n a Fischer-
Tropsch plant. In this case, the reformer unit i1s placed
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between the pre-reformer and the ATR, 1.e. 1n series and
downstream the pre-reformer and in series and upstream the
ATR.

In the process of the invention, the carbon monoxide
containing gas 1s exemplified by use of a tail gas. Tail gas 1s
added to the reformer unit effluent and/or to the feed stream
to the reformer unit (after the prereformer 11 such 1s present).
Tail gas may also be added between individual stages of the
reformer unit as described below.

Addition of a reformer umt upstream the ATR provides a
means for adding heat into the ATR feed stream, while
maintaining a reasonable temperature at the ATR reactor
inlet. At the same time a suilicient margin to the soot points
for the ATR are maintained and the risk of cracking from
hydrocarbons 1n the ATR feed stream i1s reduced. Further-
more, by addition of at least part of the tail gas to the
reformer unit eflluent, the risk of carbon formation in the
prereformer and the reformer unit can be controlled allowing
operation at a low steam-to-carbon ratio. Furthermore, the
oxygen consumption per umt of produced synthesis gas 1s
decreased compared to prior art without substantially aflect-
ing the synthesis gas composition.

BRIEF DESCRIPTION OF THE DRAWINGS

FIG. 1 shows the overall process scheme with the
reformer unit.
FIG. 2 shows a specific embodiment of the process.

DETAILED DESCRIPTION OF TH.
INVENTION

(Ll

A description of the process scheme with the reformer
unmit 1s given in FIG. 1. Desulphurised natural gas (1) or a
similar feedstock 1s mixed with steam (2) and preheated 1n
the heat exchanger or heater (3) to the desired inlet tem-
perature to the adiabatic pre-reformer (4). This temperature
1s typically between 320-550° C. In the pre-reformer (4) the
following reactions take place:

CO+H,0<H,+CO, (2)

C H_+nH,O=nCO+¥o(m+2n)H,(>=2) (3)

3H,+CO CH,+H,0 (4)

At most conditions higher hydrocarbons (hydrocarbons
with more than 1 carbon atom) are completely removed. The
last two reactions (4) and (2) are close to equilibrium at the
exit temperature of the adiabatic pre-reformer (4). Typically,
the catalyst in the adiabatic pre-reformer 1s nickel on a
ceramic carriet.

Depending on the actual design of the desulphurisation
unmit, a small leakage of sulphur to the prereformer may
occur. With most prereformer catalysts this minute amount
of sulphur will be adsorbed.

Tail gas (5) heated 1n heater or heat exchanger (12) may
optionally be added through line (6) to the pre-reformer
cilluent (21) to form the reformer unit feed stream (20). In
the reformer unit (8) the reformer unit feed stream (20) 1s
steam reformed according to the following reactions:

CH,+H,0e 3H,+CO (1)

CO+H,0 = H,+CO, (2)

C, H _+nH,O=>nCO+%(m+2n)H, (3)

At most conditions the reformer unit effluent (22) will be
virtually free of higher hydrocarbons and reactions (1) and
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(2) above will be close to thermodynamic equilibrium. Most
preferably, the reformer unit effluent (22) will have a tem-
perature between 500° C. and 730° C. The heat for the
endothermic steam reforming reactions and for the heating
1s supplied by heat exchange with a hot process gas stream
(not shown 1n FIG. 1).

Heated tail gas 1s added to the reformer unit effluent
through line (7) resulting 1n an ATR {feed stream (23). The
ATR feed stream (23) and oxidant (10) usually contaiming
more than 90% oxygen 1s passed to the autothermal reformer
(9) 1n which synthesis gas 1s produced and withdrawn as
product (11), which 1s sent to the Fischer-Tropsch synthesis
section. The produced synthesis gas withdrawn from the
autothermal reformer may (before being sent to the Fischer-
Tropsch section) be used as heat source 1n a heat exchange
reformer. The total amount of tail gas added through line
(6)(optional) and (7) 1s adjusted to give the desired exit gas
composition from the autothermal reformer (9).

Steam reforming mvolves the risk of detrimental carbon
formation on the catalyst. Carbon may deposit on the
catalyst either from methane, carbon monoxide, higher
parathinic hydrocarbons or other components such as olefins.

For methane the carbon forming reaction may be
expressed by:

CH, < C+2H, (5)
The risk of carbon formation from methane may oiften be
evaluated by thermodynamics. This 1s often done as follows:

The composition assuming chemical equilibrium of the
steam reforming and shift reactions (1-3) 1s calculated based
on the feed stream composition and the temperature and
pressure. This should 1n principle be done at each position in
the reactor. However, experience shows that the risk of
carbon formation from methane according to reaction (5)
increases with temperature. Based on the calculated equi-
librium composition, the reaction quotient for reaction (35) 1s
calculated. The reaction quotient Q _1s the ratio of the square
of the partial pressure of hydrogen to the partial pressure of
methane (P?,,./P,..). If the ratio is higher than the equilib-
rium constant for reaction (5) at the same temperature,
carbon 1s not predicted to form. A similar approach for
carbon formation from carbon monoxide on a catalyst may
be used by addressing the reaction:

2CO & C+CO, (6)

The formation of carbon on a catalyst from higher hydro-
carbons 1n the form of paraflins can be expressed by:

C . H, =>nC+¥omH,(n=2,34, ... and m=242n)

(7)

At a given temperature 1t 1s stated in the art that the risk
of carbon formation on the catalyst 1s reduced by increasing
the ratio of steam to higher hydrocarbons 1n the feed gas.

Finally, carbon formation on a reforming catalyst may
occur from olefins or other unsaturated hydrocarbons. It 1s
generally important to minimise the amount of unsaturated
compounds 1n a gas in contact with a reformer catalyst as the
rate of carbon formation may be very high as known 1n the
art.

The catalyst 1n the reformer unit may be either nickel-
based catalysts and/or catalysts based on noble metals. With
noble metals 1t 1s possible to operate with lower steam-to-
carbon ratios without detrimental carbon formation on the
catalyst as described 1n the art, e.g. Rostrup-Nielsen et al., J.
of Catalysis 144, pages 38-49,1993, incorporated herein by
reference. Often, the required amount of steam to avoid
carbon formation increases with increasing temperature.
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Hence, 1n one embodiment of the present invention nickel
can be used at the zones in the reformer unit operating at
lower temperature, while noble metals can be used 1n the
zones operating at higher temperatures.

The hydrogen content 1n the gas leaving the reforming
unit 1s higher than the content 1n the reformer unmit feed gas.
If tail gas 1s added partially or completely downstream the
reformer unit, then the ratio of hydrogen to higher hydro-
carbons in the ATR feed stream 1s higher than when the
reformer unit 1s not present. Higher hydrocarbons may react
thermally crack) into carbonaceous species such as aromat-
ics, polyaromatics and carbon at elevated temperatures. This
can be represented by the following reaction:

C, H, =>nC+2mH, (7)

Since a large amount of hydrogen 1s present in the process
of the mnvention, the risk of thermal cracking is reduced
and/or the tail gas may be preheated to a higher temperature
increasing the syngas production per unit of oxygen con-
sumed.

The removal of (part of) the higher hydrocarbons 1n the
tail gas by reaction in the reformer unit 1s by 1tself beneficial

in terms ol increasing the margin to soot formation in the
ATR.

The optimal design of the reformer unit and the distribu-
tion of tail gas depends on a number of factors including
natural gas composition, temperature, pressure and tail gas
composition.

The catalytic activity for steam reforming in the reformer
unit can be obtained either by conventional fixed beds of
(pellet) catalysts, by catalysed hardware, or by structured
catalysts. In case of catalysed hardware, catalytic matenal 1s
added directly to a metal surface. The catalytic coating of a
metal surface (wash coating) 1s a well known process (a
description 1s given 1n e.g. Cybulski, A., and Moulin, J. A.,
Structured catalysts and reactors, Marcel Dekker, Inc, New
York, 1998, Chapter 3, and references herein).

The appropriate matenal, preferable a ferritic steel con-
taining Cr and/or Al, 1s heated to a temperature preferably
above 800° C. 1n order to form a layer of Cr and/or Al oxide.
This layer facilitates a good adhesion of the ceramic to the
steel. A thin layer of a slurry containing the ceramic pre-
cursor 1s applied on the surface by means of e.g. spraying,
painting or dipping. After applying the coat the slurry 1s
dried and calcined at a temperature usually in the region
350-1000 C. Finally, the ceramic layer 1s impregnated with
the catalytic active matenial.

Alternatively the catalytic active material 1s applied
simultaneously with the ceramic precursor.

Catalysed hardware can 1n the present mnvention eirther be
catalyst attached directly to a channel wall in which the
process gas flows or catalyst attached to a metallic structured
clement forming a structured catalyst. The structured ele-
ment serves to provide support to the catalyst.

Further catalyst hardware 1s 1n form of catalyst being
deposited 1n metallic or ceramic structure, which 1s adhered
to wall of the reactor.

Structured elements are devices comprising a plurality of
layers with flow channels present between the adjoining
layers. The layers are shaped in such a way that placing the
adjoining layers together results in an element 1n which the
flow channels can, for instance, cross each other or can form

straight channels. Structured elements are further described
in for instance U.S. Pat. Nos. 5,536,699, 4,985,230, EP
patent application Nos. 396,650, 433,223 and 208,929, all of

which are incorporated herein by reference.
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Two types of structured elements are particularly suitable
for the inventive process—the straight-channelled elements
and the cross-corrugated elements.

The straight-channelled elements require adiabatic con-
ditions and various geometries of these elements are pos-
sible. For example, straight channel monoliths are suitable
for use 1 the process of the invention 1n the adiabatic
reactor(s).

Cross-corrugated elements allow eflicient heat transier
from the reactor wall to the gas stream. They are also
suitable for use in the process of the invention especially 1n
the sections with heat exchange.

Other catalysed structured elements can also be applied in
the process of the invention such as high surface structured
clements.

Examples of structured catalysts includes catalysed
monoliths, catalysed cross-corrugated structures and cataly-
sed rings (e.g pall-rings).

Both with catalysed hardware applied directly to the wall
of the reactor and with structured catalysts, the amount of
catalyst can be tailored to the required catalytic activity for
the steam reforming reactions at the given operating condi-
tions. In this manner the pressure drop 1s lower and the
amount of catalyst 1s not more than needed which 1s espe-
cially an advantage 1f the costly noble metals are used.

In more conventional applications with pellets, the steam
reforming reactors are often designed to maximise heat
transier and pellets are simply placed in channels where the
process gas flows often resulting in a vast excess of catalytic
activity.

In yet another aspect of the present invention, the flow
through the catalyst may be upflow when catalyst hardware
or structured catalysts are used. This can hardly be done 1n
the case of pellets due to the nisk of fluidisation. One
advantage of this specific embodiment 1s that substantial
degree of piping may be avoided reducing plant cost.

Another possibility 1s that the tube diameter can be
reduced by use of catalysed hardware. It 1s generally rec-
ognised that the ratio of the tube diameter to the diameter of
catalyst pellets should be above 4-5. To avoid excess
pressure drops this minimises the acceptable diameter of the
tube (or other channel geometry). With a structured catalyst
or with catalysed hardware this constraint 1s eliminated
opening the possibility for more compact reformers.

Similar advantages can be obtamned 1f the structured
catalyst 1s 1n the form of ceramic monoliths or ceramic
cross-corrugated structures with active catalyst material.

Reference 1s made to FIG. 2 1 which a specific embodi-
ment of the mnvention 1s illustrated. The tail gas (2) 1s
pre-heated by heater or heat exchanger (3) giving a heated
tail gas stream(4).

A hydrocarbon containing feedstock (1) 1s treated 1n a
number of sequential steps comprising the following (two
sequential steps are shown 1n FIG. 2):

Optional addition of tail gas (5) resulting in heat

exchanger feed stream (6)

Heating heat exchanger feed stream (6) resulting in
stream (8) and optionally adding to stream (8) an
amount of tail gas (9) to form reactor feed stream (10).

Passing the reactor feed stream (10) into an adiabatic
steam reforming reactor (11) in which the following
reactions occur:

CH,+H,0< 3H,+CO (1)

CO+H,0< H,+CO, (2)

C H _+uH>,O0=nCO+%(m+2n)H, (3)
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These steps are continued until the desired temperature
and exit gas composition 1s obtained. The efiluent (12) from
the last of the reactors can optionally be mixed with tail gas
(13) to form the combined stream (16). This stream may be
further heated 1n heater or heat exchanger (14) giving stream

(17). Tail gas may optionally be added to this stream to form
the ATR feed stream (18). The ATR feed stream (18) and

oxidant (19) 1s fed to the ATR (20) in which synthesis gas 1s
produced and withdrawn as product stream (21).

Another alternative 1s to use one or more adiabatic
reactors 1n series as described above upstream one heated
reactor (heat exchange reformer).

The hydrocarbon containing feed stream may be pre-
reformed 1n an adiabatic pre-reformer prior to steps 1-3)
above. The heat source for the heat exchangers 1s one or
more hot gas streams not shown 1n FIG. 2. An example of
such a hot process stream 1s the effluent stream from the ATR
reactor.

This concept has a number of advantages in addition to
those described earlier:

Complete decoupling of the reactor design and heat

exchanger (or heater design)

Easier change of catalyst

Higher hydrogen to olefin ratio and higher steam to higher

hydrocarbon ratio at the inlet to the adiabatic reactors
if the tail gas 1s 1njected at several locations (unless all
tail gas 1s injected downstream the reformer unit). This
means that the risk of forming detrimental carbon on
the catalyst 1s reduced

Tailoring catalysts to the diflerent operating conditions 1n

the adiabatic reactors. One example 1s to use Nickel
based catalysts in the first reactors(s) where the tem-
perature 1s lowest and use noble metals 1n subsequent
reactors. Often the amount of steam needed to avoid
carbon formation increases with temperature. Since
noble metals are more resistant to carbon formation
than Nickel, these should be used at the higher tem-
peratures.

The heat source for the reformer unit may be either from
a fired heater or a hot process gas from elsewhere 1n the plant
including the efifluent from the ATR. The former alternative
may have the disadvantage that additional natural gas or
another hydrocarbon feedstock may have to be burned to
provide the necessary heat. Part of this heat may be recov-
cred by preheating the tail gas and/or the feed for the
adiabatic pre-reformer by using the effluent from the ATR.

In case the effluent from the ATR 1s used as heat source,
a risk of metal dusting corrosion exists. This can be pre-
vented by adding a small amount (0.02-20 ppm v/v)ofl
sulphur or sulphur containing compounds to the eflluent
from the ATR (or to the ATR feed stream). Alternatively,
materials with high resistance to metal dusting can be
employed 1n the reformer unit at least on the ATR eflluent
side. Examples include Inconel 693 or other materials with
high resistance to metal dusting including coatings.

The use of highly metal dusting resistant materials may
also be combined with addition of sulphur as described
above.

EXAMPLES

Example 1

Natural gas with a composition of 95% methane, 3.5%
cthane, and 1.5% propane 1s used. In all cases the amount of
natural gas feed has been maintained at 1000 Nm>/hr. A
small flow of hydrogen of 20 Nm*/hr is added to the natural
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gas 1n all cases. The steam to carbon (S/C) ratio 1s defined
as the molar ratio of steam to carbon derived from hydro-
carbons 1n the natural gas (i.e excluding carbon 1n tail gas).
The tail gas used 1n all examples has one of the two
compositions given i Table 1. Tail gas #2 1s lean 1n carbon
monoxide content.

TABLE 1
Tail Gas #1 Tail Gas #2
Concentration Concentration
Compound (mole %) (mole %)
Hydrogen 31.1 31.1
Carbon 27.8 4.0
Monoxide
Methane 3.7 3.7
Nitrogen 4.0 4.0
Carbon 30.4 53.2
Dioxide
Ethane 1.5 1.5
Ethylene 1.5 1.5
Propane 0.0 1.0
Propylene 0.0 1.0
Example 1A

Comparative Example

In this case desulphurised natural gas 1s mixed with steam
and tail gas #1. The resultant mixture 1s heated to 430° C.
and fed to an adiabatic pre-reformer.

The pre-reformed
mixture 1s heated to 600° C. The resultant mixture 1s fed to
the Autothermal Reformer together with an oxidant (oxidant
composition: 99.5% oxygen and 0.5% Argon) 1n which the
synthems gas 1s produced. The feed temperature of the
oxygen 1s 200° C. The amount of tail gas added 1s adjusted
to give a hydrogen-to-carbon monoxide ratio in the synthesis
gas stream equal to 2.00. The ATR effluent temperature 1s
10350° C. All reactions are assumed to be 1 equilibrium at
reactor outlet conditions. The pressure throughout the sys-
tem 1s 2.48 MPa. The tail gas temperature 1s 200° C. The
steam-to-carbon ratio 1s 0.6.

Example 1B

Comparative Example

In this case a heat exchange reformer has been placed
between the prereformer and the autothermal reformer. Tail
gas #1 1s added upstream the prereformer. The amount of tail
gas 15 adjusted such that the ratio of carbon dioxide to carbon
from hydrocarbons in the natural gas 1s 20%. This corre-
sponds to one embodiment disclosed i U.S. Pat. No.
6,525,104, The exit temperature from the heat exchange
reformer 1s 600° C. The pressure, the pressure drop, the inlet
temperature to the adiabatic prereformer, the oxygen tem-
perature at the ATR 1nlet and the exit temperature from the
Autothermal Reformer are as in example 1A. The steam-
to-carbon ratio 1s 0.6 as defined i example 1A.

Example 1C

Comparative Example

Example 1C 1s identical to 1B except that pure carbon
dioxide 1s added instead of tail gas. In addition, the carbon
dioxide 1s added downstream the prereformer and upstream
the heat exchange reformer at a temperature of 200° C.
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10
Example 1D

Process of the mvention with one odiabatic step

This 1s similar to example 1A except that the tail gas (#1)
1s added downstream the adiabatic prereformer and after the
heating of the prereformer effluent to 600° C. The tail gas
temperature 1s 200° C.

Example 1E

Process of the mvention with one adiabatic step
and one endothermic step

This example 1s similar to example 1D except that a
reformer unit has been added downstream the adiabatic
reformer. This corresponds to one adiabatic step and one
endothermic step. Tail gas #1 with a temperature of 200° C.
1s added to the effluent from the reformer unit.

Example 1F

Process of the mvention with one adiabatic step
and one endothermic step

This example 1s 1dentical to example 1E with the excep-
tion that 50% of the tail gas 1s added to the effluent from the
reformer unit and the remaining 50% i1s added downstream
the adiabatic reformer.

In Table 2 the production of synthesis gas (hydrogen and
carbon monoxide) for examples 1A-1F 1s given relative to
the natural gas and oxygen consumption. The hydrogen-to-
carbon monoxide ratio in the synthesis gas 1s also given and
tail gas #1 was used.

TABLE 2
Synthesis Synthesis Hydrogen-to-
gas 0as carbon
production production monoxide
(Nm3 syngas (Nm3 syngas ratio in
produced/Nm3 produced/Nm3 synthesis
oxygen natural gas gas (H,/CO,
Example consumed) consumed) mole/mole)
1A 5.03 3.14 2.00
1B 5.17 3.44 1.72
1C 5.23 2.99 1.86
1D 5.11 3.16 2.00
1E 5.49 3.22 2.00
1F 5.39 3.21 2.00

In Table 3 below, the given inlet and outlet temperatures
for examples 1A, 1B, 1D, and 1E of the adiabatic prere-
former are given. The calculated reaction quotients at chemi-
cal equilibrium for the carbon formation reaction (5) from
methane 1s also given at the inlet and outlet temperatures.

The equilibrium constant for reaction (5) at the inlet and
outlet temperatures are also given assuming that carbon 1s 1n
the form of graphite. It 1s recognised that the true equilib-
rium constant for carbon formation on a catalyst 1s diflerent
and to some extent depending upon the catalyst. However,
for comparative and 1llustrative purposes, the use of the
equilibrium constant for graphite 1s adequate.

In Table 3, the ratio of steam to moles of carbon from
higher hydrocarbons (in the examples these are ethane,
cthylene and propane) and the ratio of steam to ethylene 1n
the prereformer inlet gas are also given.
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TABLE 3
Ti_nlet TE}:i'l' Qc, 111 Qc, out Kp, 111 Kp,, ot
Case (°C.) (°C.) (atm-a) (atm-a) (atm-a) (atm - a)
1A 430 493 0.074 0.25 0.122 0.41 4.83
1B 430 56 0.049 0.52 0.122 1.23 4.07
1C 430 410 0.155 0.11 0.122 0.079 5.56
1D 430 410 0.155 0.11 0.122 0.079 5.56
1E 430 410 0.155 0.11 0.122 0.079 5.56
1F 430 410 0.155 0.1 0.122 0.079 5.56

Inf = infinite (no ethylene present in natural gas)

The definitions are as follows:

T: Inlet temperature to and exit temperature from adiabatic
prereformer

Q_: Reaction quotient (P*,,,/P.,.) for reaction (5) at prere-
former inlet and outlet temperature (and pressure) after
establishment of equilibrium of steam reforming and shift
reactions.

K : Equilibrium constant for reaction (5) at inlet and outlet
temperature of prereformer.

S/HHC: Ratio of steam to carbon from higher hydrocarbons
at prereformer inlet.

S/C,H,: Ratio of steam to ethylene at prereformer inlet.

It 1s seen from Tables 2 and 3 that the present invention
(1D, 1E, and 1F) provides considerable improvement.

Using the processes described 1s 1E and 1F a considerable
increase in the syngas productivity per unit of oxygen 1is
found. In addition, the syngas production per unit of natural
gas feed consumption 1s improved with the exception of
comparative example 1B. However, with 1B, 1t i1s not
possible to produce a syngas with the desired composition of
H,/C0O=2.00. In addition, 1n example 1B considerable recir-
culation 1s needed requiring a large recirculation compres-
SOF.

Example 1C provides a reasonable syngas productivity
per unit of oxygen consumed. However, this concept sullers
from the fact that a CO,-separation step 1s needed and the
synthesis gas productivity per unit of natural gas feed
consumed 1s low.

A comparison of 1A and 1D shows a small improvement
in terms of synthesis gas productivity by recirculating the
tail gas to a position downstream the prereformer.

In Table 3, the advantages of the present invention are
turther 1llustrated. In the comparative examples 1A and 1B,
the reaction quotients Q. are lower than the equilibrium
constants, K , both at the inlet and the outlet of the pre-
reformer. The opposite 1s the case 1 examples 1D, 1E and
1F of the present invention. This means that the present
invention can be operated at a lower steam-to-carbon ratio
(or with a larger margin to carbon formation) than the
comparative examples 1A and 1B without risk of carbon
formation 1n the prereformer (for a given catalyst).

It 1s also noted that the ratio of steam to carbon from
higher hydrocarbons in the feed stream to the prereformer 1s
higher according to the concepts described 1n the present
invention. This may also be iterpreted as reduced risk of
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carbon formation and/or a higher margin to the carbon
formation limits for a given catalyst.

Finally, there are no olefins 1n the feed to the prereformer.
Even very small amounts of olefins 1n the feed gas may
cause rapid formation of carbon on a given catalyst. Hence,
this 1s also a pronounced advantage of the present invention.

Example 2

This example 1s similar to example 1. In all the following
sub-examples tail gas #1 1s used.

Example 2A 1s a comparative example identical to
Example 1A except that the prereformed mixture 1s heated
to 700° C. Example 2D 1s identical to Example 1D with the
exception that the prereformed mixture 1s heated to 700° C.
before mixing with tail gas. Examples 2E and 2F are
identical to 1E and 1F except that the exit temperature from
the reforming umt 1s 700° C. In all of these cases the
H,/CO-ratio has been adjusted to 2.00 by the amount of tail
gas recycled.

In Tables 4 and 5 the results for Examples 2A, 2B, 2E and
2F are given. It 1s observed that the advantage of the ability
to operate with a lower content of steam 1n the feed gas 1s
maintained also 1n this case. The second advantage in terms
of higher syngas productivity 1s also evident irrespective of
whether the tail gas 1s added downstream the reforming unit
or split equally between upstream and downstream the
reforming unit.

TABLE 4

Synthesis gas
production
(Nm3 syngas produced/

Synthesis gas
production (Nm3
syngas produced/

Nm3 oxygen Nm3 natural gas
Example consumed) consumed )

2A 5.29 3.19

2D 5.35 3.20

2E 6.35 3.35

2F 6.31 3.34

TABLE 5

Texi’r Qc.{. 1n Qc? ot Kp.f. 111 Kp, out

(atm - a) (atm-a) (atm-a) (atm-a) S/HHC §S/C,H,
496 0.073 0.26 0.122 0.43 4.80 141
410 0.155 0.11 0.122 0.079 5.536 Inf
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TABLE 5-continued

Ti_nlet TE}:i'l' Qc, 111 Qc, out Kp, 111 Kp,, ot
Case (°C.) (°C.) (atm-a) (atm-a) (atm-a) (atm - a)
2E 430 410 0.155 0.11 0.122 0.079 3.56
2F 430 410 0.155 0.11 0.122 0.079 5.56
Inf = infinite (no ethylene present in natural gas)
10

Example 3

Example 3 1s identical to Example 2E except that the
steam-to-carbon ratio has been varied. The results are given

14

S/HHC S/C,H,

Inf
Inf

It may appear attractive to increase the steam-to-carbon
ratio strictly from a syngas productivity prospective (assum-
ing enough tail gas 1s available). However, the advantage of
a smaller content of inerts 1 the synthesis gas, smaller

i %fible 6. TFII gacsl #1.13 usecil in all case;. q: " 1> required duty (and thereby heat transmission surface), a
¢ prerelormed mixture 1s steam relormed in a heat smaller tail gas recycle (compressor) and generally smaller
exchange reforming reactor where the required heat 1is flows will usually be more important, thus favouring a

' ! 1] . ’ .
fﬁ?ﬁhm by heat exchange with the effluent stream from the smaller steam-to-carbon ratio. It can also be noted that with
Taijles 6a and 6b show the results obtained at various 20 low steam-to-carbon ratio, the effluent temperature from the
steam-to-carbon ratios heat exchange reformer (heat supplying side) 1s highest
| indicating a moderately higher driving force for the heat

g y mg g

Definitions: transfer. The best choice will depend on site and project

Reformer Unit Duty: Heat input (per Nm3 natural gas feed) specific issues.
required to reach the exit conditions from the reformer .
unit (T=700° C. and chemical equilibrium of methane Example 4
steam reforming and shift reactions).

Dry mole %: 100x(moles of H,+CO 1n syngas)/(moles of Examples 4A, 4D, 4E, and 4F are 1dentical to Examples
syngas-moles of steam 1n syngas). P . . -~

R Y % ’ o fy gl ) | o 2A, 2D, 2E and 2F except that tail gas #2 1s used. Example

ccycle lail gas: ount ol fai gas recycie required 1o 3 4G 1s similar to 4F except that 75% of the tail gas 1s added
obtain the desired ratio of H,/CO 1n the ATR effluent gas | " L 4 25% d
(H,/CO=2.00). upstream '[:fle reformer unmt an o downstream.

Heat Exchange Reformer effluent Temperature (° C.): Tem- With tail gas #2, which 1s lean in CO content, it seems at
perature of ATR effluent gas after cooling by heat the given conditions that a marginal advantage exists by
exchange in heat exchange reformer. .5 adding at least part of the tail gas upstream the reforming

unit (downstream the prereformer). Table 7 shows the pro-
TABLE 6a duction of synthesis gas (hydrogen+carbon monoxide) rela-
tive to the natural gas and oxygen consumption for Example
Synthesis gas Synthesis gas Heat 4
production production Exchange '
(Nm3 syngas (Nm3 syngas Reformer 40 From Table &, 1t can be seen that the present invention
tSteﬂI;l' produced/Nm3 Pmdtltlfe‘fmm3 (ﬁ“g/ oflers the advantage of ability to operate either with a larger
Q-Carooll OXVICI natural gas C . .
i mﬂs}{l%ned) mﬂsumgd) Nm? NG) margin 1o CanOIl formation or at lower :stefam-to-ca}*bon
ratio with a given catalyst. The S/C_,; 5, ratio 1s the ratio of
g'jg 2;3 gi; ggz steam to olefins (sum of ethylene and propylene) 1n the feed
1 00 656 3 61 238 * {0 the adiabatic prereformer.
TABLE 7
TABLE 6b Synthesis gas Synthesis gas
50 production production
Heat Exchange (Nm3 syngas (Nm3 syngas
Recycle Reformer produced/Nm3 oxygen produced/Nm3 natural
Steam-to- Dry % tail- effluent Example consumed) gas consumed)
carbon H, + CO oas Temperature
ratio N Syngas (Nm?/Nm? NG) (° C.) 4A 5.22 3.16
4D 5.18% 3.15
0.60 94.2 0.355 616 2 4E 6.11 3.29
0.40 95.0 0.222 639 4F 6.20 3.31
1.00 92.1 0.618 595 4 0.25 3.31
TABLE 8
Ti_nlet Texi’r Qc.}. 1n Qc? ot Kp.} 111 Kp.} out
Case ("C.) (°C.) (atm-a) (atm-a) (atm-a) (atm-a) S/HHC S/C__._
4A 430 459 0.075 0.136 0.122 0.213 4.32 93
4D 430 410 0.155 0.11 0.122 0.079 5.56 Inf
4k 430 410 0.155 0.11 0.122 0.079 5.56 Inf
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TABLE 8-continued
Ti_nlet Texit Qc, 111 Qc, out Kp, 111 Kp,, oyt
Case (°C.) (°C.) (atm-a) (atm-a) (atm-a) (atm-a) S/HHC §/C__ g,
4F 430 410 0.155 0.11 0.122 0.079 5.56 Inf
4G 430 410 0.155 0.11 0.122 0.079 3.56 Inf
Inf = infinite (no olefins present in natural gas)
Example 5 10 Example 6

In this example two adiabatic reactors are placed 1n series
and upstream a heat exchange reformer. The first reactor 1s
an adiabatic prereformer with an inlet temperature of 430°
C. One tenth (10%) of the total amount of tail gas (#1) 1s
added downstream the adiabatic prereformer. The combined
mixture 1s heated in an interstage heater to 483° C. and
passed to the second adiabatic reformer. The effluent from
the second adiabatic reformer 1s passed directly without
turther tail gas addition to the heat exchange reformer.

The remaining tail gas 1s added downstream the heat
exchange reformer. The steam-to-carbon ratio (as defined 1n
example 1) 1s 0.60. The heat exchange reformer exit tem-
perature 1s 600° C. Other process parameters are as in
Example 1. Key results are shown 1n Table 9.

Table 9 shows the results obtained with two adiabatic
reformers 1n series and upstream a heat exchange reformer
as described in Example 5. Inlet and exit refer to the second
adiabatic reformer.

TABLE 9
Heat Exchange Reformer 265
Duty (kcal/Nm”® NG)
Interstage heater duty 73
(Kcal/Nm? NG)

S/HHC, inlet 613
S/C>H,, nlet 1226
T . (°C.) 469

Q_, mlet 0.3544

Q., outlet 0.2722

K, inlet 0.3537

K, outlet 0.2633

It 1s seen from Table 9 that approximately 22% of the
required duty 1s transferred in the interstage heater. This
reduces the size of the heat exchange reformer. Hence, part
of the required heat transier surface may be designed with-
out considering optimisation of the reaction system simul-
taneously. The adiabatic reformer can also be optimised
without considering heat exchange surface. The content of
cthane and ethylene 1n the feed gas to the adiabatic reformer
1s very low reducing substantially the risk of carbon forma-
tion on the catalyst as compared to having all the tail gas
injected 1nto the adiabatic prereformer. At the same time the
contents of higher hydrocarbons 1n the feed gas to the ATR
1s reduced. This 1s an advantage 1n terms of margin to soot
formation.

The Q_and K, values 1n Table 9 indicate that 1deally the
second adiabatic reformer can be operated without forma-
tion of graphite. It 1s known that nickel catalysts are more
resistant to carbon formation from methane than thermody-
namics predict using graphite. Hence, the adiabatic prere-
former and the second adiabatic reactor may be operated
with nickel catalysts, while the heat exchange reformer
needs a more carbon resistant catalyst based on noble
metals. In any case the amount of noble metal 1s reduced
using the mmventive process in this example. The accurate
location of carbon limits depend on the specific catalyst.
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This example 1s based on Example 2E. An adiabatic
prereformer 1s placed upstream and in series with a heat
exchange reformer without interstage heating. All of tail gas
#1 1s added downstream the heat exchange reformer.

At these conditions after establishment of equilibrium of
the steam reforming and shift reactions, there 1s no thermo-
dynamic potential for the formation of graphite at tempera-
tures up to 526° C. In one type of catalyst loading, nickel
catalyst 1s loaded in positions where the temperature is
below 526° C. and noble metal based catalysts 1n the warmer
positions 1n the reactor. The actual temperature at which the
change 1n catalyst 1s made for a given situation depends
upon the pressure, natural gas composition, type of catalyst,
reactor design etc.

Example 7

This example 1s based on Example 2E. An adiabatic
prereformer 1s placed upstream and in series with a heat
exchange reformer without interstage heating. All of tail gas
#1 1s added downstream the heat exchange reformer.

In this case the duty required in the heat exchange
reformer is 659 kcal/Nm® natural gas feed. In this example
the total amount of feed to the plant is 100,000 Nm~>/hr of
natural gas. The other parameters are as in example 2E. The
average heat flux to the heat exchange reformer 1s 75,000
kcal/m inner tube surface/hr. The heat exchange reformer
has a tubular geometry with a tube length of 10 meters.

Case 1: Inner tube diameter 1s 0.1 meter and catalyst
particles with a diameter of 20 mm are used.

Case 2: Inner tube diameter 1s 0.05 meter and catalyst
particles with a diameter of 10 mm are used.

Case 3: Inner tube diameter 1s 0.05 meter catalysed on the
iner tube surface with a catalyst layer with a thickness of
0.05 mm.

Case 4: As case 3, but with a catalyst layer thickness of 0.1
mm.

Cases S5 and 6: As cases 3 and 4, but with an inner tube
diameter of 0.02 meters.

Case 7: Inner tube diameter 1s 0.05 meter. The catalyst 1s a
structured catalyst represented by a metallic cross-corru-
gated structure with a surface area of 900 m*/m” reactor
volume onto which a catalyst layer with a thickness of
0.05 mm has been placed.

Case &: As case 7, but with an inner tube diameter of 0.02
meters.

Table 10 shows the catalyst and reactor volume data for
various catalyst types i1n the heat exchange reformer of
Example 7.

TABLE 10
Cat. TD D, SCSA T RV CV
Case Type (m) (mm) m*m’ (mm) (m’) (m’) NOT DP
1 Pel 0.1 20 — — 22 88' 280 High
2 Pel 0.05 10 — — 11 5.5 560 v.hi
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TABLE 10-continued
Cat. D D, SCSA T RV CV
Case Type (m) (mm) m*m’ (mm) (m’) (m’) NOT DP
3 CH 0.05 — — 0.05 11 0.022 560 Low
4 CH 0.05 — — 0.10 11 0.044 560 Low
5 CH 0.02 — — 0.05 44 0.028 1400 Low/
M
6 CH 0.02 — — 0.10 44 0.056 1400 Low/
M
7 STC 0.05 — 900 0.05 11 0.495 560 M
8 NSTC 0.02 — 900 0.05 44 0.198 1400 M
1: Void 1s 60%.
2: Void 1s 50%.
Definitions:
Pel: Pellets:
TD: Inner tube diameter;
Dy Characteristic catalyst pellet diameter;
SCSA: Structured catalyst surface area per unit reactor
volume;
t: Catalyst layer thickness;
RV: (Inner) Reactor volume;
CV: Catalyst material Volume excl. void;
NOT: Number of reformer tubes:
DP: Pressure drop.

From Table 10 1t 1s seen that the use of either catalysed
hardware attached to the inner surface of the tube or struc-
tured catalysts has advantage in terms of pressure drop and
catalyst amount.

The invention claimed 1s:
1. Process for the production of synthesis gas from a
hydrocarbon feed stock comprising the steps of endothermic
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and/or adiabatic catalytic steam reforming and autothermal
steam reforming 1n series, wherein the steam reforming 1s
carried out 1 one or more endothermic stages in series
and/or 1n one or more adiabatic steam reforming stages in
series with intermediate heating of feed stock gas leaving the
adiabatic reforming stages and wherein carbon monoxide
containing gas characterised by having a molar ratio of
hydrogen to carbon of less than 4.5 1s added prior to at least
one of the endothermic or adiabatic steam reforming stages
and/or prior to the autothermal steam reforming step.

2. Process of claim 1, comprising the further step of
adiabatic pre-reforming the feed stock prior to the endot-
hermic or adiabatic steam reforming.

3. Process of claim 1, wherein the endothermic or adia-
batic steam reforming 1s performed in presence of catalysed
hardware.

4. Process of claim 3, wherein the catalysed hardware 1s
in form of a ceramic monolith or a cross-corrugated ceramic
structure.

5. Process of claim 1, wherein the endothermic steam
reforming step 1s performed 1n heat conducting relationship
with a hot process gas.

6. Process of claim 35, wherein the hot process gas 1s an
cilluent stream from the autothermal reforming.

7. Process of claim 1, wherein the intermediate heating of
the reacting feed stock 1s performed in heat conducting
relationship with a hot process gas.

8. Process of claim 7, wherein the hot process gas 1s an
cilluent stream from the autothermal reforming.

9. Process according to claim 1, wherein the carbon
monoxide containing gas comprises tail gas from a Fischer-
Tropsch process.
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